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ABSTRACT 

Compressors in direct-fired sCO2 cycles may be required to operate with CO2 contaminated 
with water as the working fluid. This working fluid is a highly non-ideal mixture that exhibits 
complex vapor-liquid phase behavior with critical properties that well exceed the critical values 
of the individual phases comprising it; and multi-phase effects are present even at very high 
pressures. Hence, reliable and accurate thermodynamic mixture models are required for 
conditions that are representative of sCO2 compressors where the temperatures are in the 
range of 295 K – 340 K and pressures in the range of 70 bar to 200 bar. Analytical correlations 
for phase compositions (CO2 and water mole fractions) as a function of temperature and 
pressure in these mixtures have been developed. Furthermore, new analytical models for 
estimating the density and enthalpy of dilute CO2-in-water liquid and dilute water-in-CO2 vapor 
mixtures have been formulated. These models were found to quantitatively represent the 
mixture properties of the liquid and vapor compositions reasonably well when compared with 
experimental data. These models and correlations will be incorporated within a numerical 
framework for simulating sCO2 compressor performance in subsequent efforts. 

INTRODUCTION 

Direct-fired sCO2 cycles (e.g. Allam Cycle [1]) are of significant interest to the energy 
community since they hold the promise of power production with “zero emissions” due to 
effective carbon capture and storage features [2]. A schematic of a direct fired sCO2 power 
cycle loop is shown in Figure 1. The key point to note is that this is a partially closed-loop 
system where the combustor products directly exhaust into and drive the turbine to generate 
electricity. The remaining thermal energy in the exhaust is recovered in the recuperator after 
which the water is condensed out of the exhaust in the cooler. At this stage, a portion of the 
primarily CO2 product is drawn from the loop for sequestration or other uses and the remaining 
CO2 is recycled, compressed, and injected back into the combustor as a diluent to modulate 
temperature rise. 
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Figure 1. Schematic of a Direct-Fired sCO2 Power Cycle (Taken from[2]) 

Our interest as part of a DoE funded SBIR effort is in the physics governing compressor 
operation for sCO2 systems and in particular the development of high-fidelity modeling tools 
for compressor performance predictions [3],[4].  In indirect sCO2 systems operating with nearly 
pure CO2 (where the combustor/heat source is in a separate loop from the turbine), the fluid 
enters the compressor at near critical conditions (304.12 K, 7.37 MPa) and exits the 
compressor at supercritical pressures and temperatures. At its design point and at other 
supercritical inlet conditions two phase effects for pure CO2 systems are expected to be 
minimal although condensation may potentially occur in a small region near the leading edge 
on the suction side of the blade. However, more substantial two-phase effects are possible 
when the inlet conditions show larger fluctuations (as is the case for air-cooled cycles) and the 
compressor operates within the saturation dome. The authors have simulated the Sandia 
compressor at off-design conditions for subcritical operation with phase change and validated 
the numerical models with test data [3]. Non-equilibrium droplet condensation models for pure 
CO2 have also been developed and validated with fundamental nozzle data [4].  

For compressors operating in direct-fired cycles (as shown in Figure 1) the physics becomes 
significantly more complex since it is highly likely that CO2 will be contaminated with some 
residual water that has not been removed in the cooler. The presence of water even in dilute 
amounts could significantly affect the thermophysical behavior of the CO2/water mixture; CO2 
is a nonpolar fluid while water is a highly polar substance consisting of molecules that can self-
associate with each other through hydrogen bonding. The critical points of these two 
substances are very different (CO2: Tc=304.1 K, Pc=73.8 bar; water: Tc=647 K, Pc=220.6 bar) 
and they form a highly non-ideal mixture that exhibits complex vapor-liquid phase behavior. 
Specifically, this mixture may have critical properties that exceed the critical values of the 
individual phases comprising it. Thus, even at the design conditions, what is a nominally 
supercritical inlet condition for a compressor operating in pure CO2 may in fact operate at sub-
critical inlet conditions when the CO2 is contaminated with water. The effectively sub-critical 
conditions would lead to generation of water rich droplets which has significant implications for 
erosion and blade damage for long term operation in addition to any efficiency impact.  

The behavior of CO2+water mixture has been studied experimentally and reported in the 
literature [5]-[8]. Depending on temperature and pressure, phase equilibrium can involve 
multiple phases including CO2-rich vapor phase (V), CO2-lean aqueous liquid phase (L1), CO2-
rich liquid phase (L2) in the regime of interest here. Three phase behavior (V+L1+L2) exists at 
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temperatures and pressure below the upper critical end point (UCEP) of 7.41 MPa and 304.63 
K which is very close to the critical point of pure CO2; this could potentially affect the 
compressor depending on how close the design point is to the critical point. At temperatures 
above UCEP point for a typical compressor operating temperature range, we get a mixture of 
(V+L1); CO2-rich vapor phase and CO2-lean aqueous liquid phase. More importantly, as 
illustrated in Figure 2 there is no critical point defined (VLE curves not closed) at temperatures 
representative of compressor conditions and subcritical 2-phase behavior is observed even at 
very high pressures. Here the liquid phase boundary is on the left half of Figure 2 and is 
composed primarily of water with dilute amounts of CO2 while the vapor phase boundary is on 
the right half of Figure 2 and is primarily a CO2-rich vapor phase.  

 

Figure 2. Vapor-liquid equilibrium of CO2/water at Various Temperatures (from [9]) 

The focus of this paper is to develop models with quantitative accuracy to identify and predict 
the phase boundaries, the state of aggregation (vapor or liquid), phase composition, density 
and enthalpy of CO2+water mixture for implementation in CFD modeling tools. Attention will 
be restricted to the following nominal operating window: 290 K < T < 340 K and 70 bar < P < 
200 bar. The sections to follow will comprise the following: a) Review of experimental data for 
CO2+water mixture properties; b) Evaluate and formulate analytical thermodynamic models for 
the prediction of mixture properties including VLE boundaries, density, enthalpy in the window 
of operation, and c) Develop correlations that provide these thermophysical properties as a 
function of T, P and composition for implementation in CFD tools. 

REVIEW OF VAPOR-LIQUID EQUILIBRIUM (VLE) DATA FOR CO2+WATER 
MIXTURES 

The phase equilibrium of carbon dioxide-water mixtures is complex and it exhibits type III 
phase behavior based on the classification of Scott and van Konynenburg [10] with a 
discontinuous vapor-liquid critical curve, a wide region of liquid-liquid coexistence below the 
critical temperature of CO2, and very limited mutual solubility in the regions of two- and three-
phase equilibria. A large number of vapor-liquid equilibrium (VLE) data have been obtained 
experimentally and reported in the open literature. Not all of the studies measured the 
compositions of both the liquid and vapor phases at fixed temperature and pressure. Instead, 
some of the studies measured only the solubility of carbon dioxide in liquid water while others 
measured the solubility of water in the gas or liquefied carbon dioxide phase. Figure 3 shows 
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the thermodynamic states on the P-T plane for which VLE phase properties have been 
measured. The pressure spans from atmospheric to 1,000 bar and the temperature ranges 
from room temperature to 642 K. The window of operation (290 K < T < 340 K and 70 bar < P 
< 120 bar) is represented by the blue rectangle in the figure. 

 
Figure 3. Pressure-temperature thermodynamic states for which vapor-liquid equilibrium 
data have been measured and reported. The blue rectangle represents the window of 
operation of interest to this work. The black and red curves represent the saturated vapor 
pressure of pure water and pure carbon dioxide respectively.  

We evaluated the Soave-Redlich-Kwong (RKS), Peng-Robinson (PR) and Lee–Kesler–
Plöcker (LKP) equations of state (EoS) to assess their accuracy for predicting the VLE phase 
diagram in the window of operatiton. These analytical equations of state were selected 
because of their mathematical simplicity and low computational costs in CFD calculations. We 
found notable discrepancy between the EoS predictions and experimental data suggesting the 
need for a more accurate thermodynamic model for VLE estimation. A representative 
comparison of EoS calculations and experimental data is shown in Figure 4.  
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Figure 4. Vapor-liquid equilibrium of CO2/water at T=298 K. VLE phase boundaries 
computed using PR, RKS, and LKP equations (Aspen software) are shown. The symbols 
represent experimental data reported in the literature [11]-[15]. Included in the figure is 

the predictions based on the thermodynamic −  model developed in this work. 

The left panel of Figure 4 indicates all three EoS models (calculated using the Aspen Plus 
software) underestimate the solubility of carbon dioxide in the aqueous liquid phase, with ~90% 
deviation error between the experimental data and model predictions. This large error stems 
from the fact that the EoS is unable to represent the properties of the aqueous phase at these 
conditions. The right panel shows that all three EoS models yield very similar results for the 
carbon dioxide composition. All of them overestimate the carbon dioxide mole fraction in the 
CO2-rich phase and are unable to model the trend of the phase boundary for pressure 
exceeding ~60 bar. These deficiencies persist at other temperatures within the operating 
window 290 K < T < 340 K and 70 bar < P <120 bar (not shown here), therefore it is necessary 
to develop an alternative modeling approach that can model the aqueous phase accurately. 

NEW THERMODYNAMIC MODEL FOR CO2+WATER VLE PREDICTION 

Instead of modeling both the water-rich phase and CO2-rich phase using the same EoS, we 
have formulated a thermodynamic approach that models the CO2-rich phase unsing the Peng-
Robinson EoS and treat the water-rich phase using dilution solution thermodynamics. VLE 
phase equilibrium are given by the equal fugacity conditions: 

 1 1 1 1 21 , ( , )ˆ ( , , )Gy P T P x PH Ty =   (1) 

 2 2 2 2 2
ˆ ( , , ) ( , )G Ly P T P y x f T P =   (2) 

In the above equations, species 1 and 2 represent CO2 and water, respectively. The fugacity 
coefficient of CO2 and water in the CO2-rich phase are modeled by the PR EoS while the 
fugacity of CO2 (species 1) and water (species 2) for the aqueous phase (right hand side of 
the above equations) are obtained from the Henry’s constant 𝐻1,2(𝑇,𝑃) and pure water fugacity 

𝑓2
𝐿(𝑇, 𝑃), respectively. In the aqueous phase, Henry’s law reference state is used for CO2 

and Lewis Randall reference state is used for water. With these reference states, the activity 
coefficients for CO2 and water are set to unity for dilute solutions. Using NIST data we obtained 
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an accurate correlation for the fugacity of pure water in the operating window. We represent 
the Henry’s constant using the Krichevsky-Kasarnovsky thermodynamic relation [15]:  

 𝑙𝑛𝐻1,2(𝑇, 𝑃) = 𝑙𝑛𝐻1,2
𝑜 (𝑇) +

𝑉1
∞
(𝑃−𝑃𝑜)

𝑅𝑇
  (3) 

Here, 𝑉̅1
∞ is the partial molar volume of solute CO2 in solvent 2 (water) at infinite dilution and 

𝑃𝑜 denotes a reference pressure. Eq. (3) assumes 𝑉̅1
∞ is independent of pressure. This 

assumption is valid if the solution temperature is well below the critical temperature of water 
and is applicable to the situation considered in this work.  

Using the correlation for the low pressure Henry’s constant 𝐻1,2
𝑜 (𝑇) [17] and regressing Eq. 

(3) against VLE data, we obtained a new correlation for the Henry’s constant which is used to 
solve for CO2-water VLE via in Eq. (1) and (2). The thermodynamic model formulated in this 

effort (referred to as the − model) is able to predict the VLE phase boundary of CO2+water 

mixture favorably well, and significantly better than the RKS, PR and LKP equations of state 

as illustrated in Figure 4. Figure 5 compares the predictive performance of the (−) model 

against the PR, RKS, and LKP EoS. Shown in the figure are the average absolute relative 
deviation of calculated CO2 vapor phase (AARD-y) and CO2 liquid phase (AARD-x) mole 
fraction relative to the measured mole fraction averaged over all the temperatures and in the 

pressure range 70 bar < P <200 bar. Figure 5 shows that the thermodynamic − model is 

more accurate than the RKS, PR and LKP EoS models. 

  

Figure 5. Comparison of the average absolute relative deviation of predicted CO2 vapor 
(left panel) and liquid (right panel) phase mole fraction relative to the measured mole 
fraction averaged over all the temperatures considered and in the pressure range of 70 
bar < P <200 bar 

NEW ANALYTICAL MODELS FOR MIXTURE DENSITY AND ENTHALPY 

For conditions within the nominal operating window 290 K < T < 340 K and 70 bar < P <120 
bar, CO2+water are pracitically immiscible and phase separtes into very dilute CO2-in-water 
and water-in-CO2 mixtures. It is of interest to develop models for estimating the density and 
enthalpy of these dilute solutions.  
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Density of Dilute CO2-in-Water Mixture 

To develop a model for density of dilute CO2-in-water mixtures, we applied principles of dilute 
solution thermodynamics to estimate the density and enthalpy. For a dilute CO2-in-water 
solution, the molar volume of a CO2-in-water mixture can be approximated by  

 12 1 2( )v v x V v


= + −   (4) 

Here, 𝑉̅1
∞

 is the partial molar volume of CO2 in water at infinite dilution, 𝑣2 represents the molar 

volume of pure water (solvent), 𝑥1 is CO2 mole fraction, and 𝑣 is molar volume of the mixture. 

By comparing Eq. (4) with experimental data, we obtained an accurate correlation for 𝑉̅1
∞ [18]:  

 1 1 2 2( , ) (298, )*[ ( , ) / (298 , )]s s sV T P V P v T P v K P
 

=   (5) 

where  

 1
1 2

1

0.095
(298, ) 2.35 /c

c

RT
V P RT c

P



= +   (6) 

 
2 2 2( ) / ( , )vap

sc H RT v T P−=    (7) 

The quantity Ps is the saturation pressure of pure water. The density of a dilute CO2-in-water 

mixture can be estimated using Eqs. (4) - (7) and  

 1 1( , , ) 1/ ( , , )T P x v T P x =   (8) 

We found that the proposed analytical model is able to predict the density of dilute CO2-in-
water mixture very well with an average absolute relative deviation (AARD%) of 0.15% 
compared against experimental data in the window of operation. Here, AARD% is defined by: 

 

exp

exp

1
(%) 100| | *ModelN

iN
AARD

 



−

= 
  (9) 
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Figure 6 . Overall AARD for density of dilute CO2-in-Water against experimental from 293-
332 K at 76-199 bar at CO2 mole fractions ranging from 0.009 to 0.029. 

Density of Dilute Water-in-CO2 Mixture 

 

We extend this approach to formulate a analytical linear model (LM) for the density of dilute 
water-in-CO2 mixture. In this case, the molar volume of the mixture is 

 21 1 1 1( , , ) (1 )v T P y y v y V


= + −   (10) 

 
( 5)

2 1 1( , ) 2.00*10 *[ ( , ) / (298 , )]c cV T P v T P v K P


−= −  [m3/mol] (11) 

In Eq. (11), the quantity 𝑣1(𝑇, 𝑃𝐶) = 𝑎 + 𝑏𝑇 + 𝑐𝑇2 where the parameters a, b and c are 
parameters obtained by regressing the model against NIST REFPROP density results. We 
calculated the density of a dilute water+CO2 mixture using the LM model (Eq. (9), (10), and 
(11)) and compared them with NIST REFPROP data from 290-340 K at 65-200 bar at a CO2 
mole fraction of 0.9995. We found that Eq. (9), (10), and (11) are able to represent the NIST 
REFPROP data very well with an overall AARD% of 0.05% (see Figure 7 below). We also note 
from Figure 7 that the density of these dilute water-in-CO2 mixtures can be well represented 
by pure CO2 density.  



9 
 

 

Figure 7. Overall AARD for density against REFPROP for CO2 Mole Fraction of 0.9995 
from 290-340 K at 65-200 bar. 

 

Enthalpy of Dilute CO2-in-Water Mixture 

 

In addition, we developed the following analytical linear model for the enthalpy of dilute CO2-
in-water mixtures: 

 11 1 2(1 )h x H x h


= + −   (12) 

 
2

1

( , )
( , ) *

2(298, )

s

s

h T P
H T P

h P




=      and     1638.346 =    [in J/mol]   (13) 

 

Here, ℎ2(𝑇, 𝑃) represents the molar enthalpy of pure water. The quantity 𝐻̅1
∞(𝑇, 𝑃) is the infinite 

dilution partial molar volume of CO2-in-water, given by Eq. (13). In the above equation, 

ℎ2 (𝑇, 𝑃𝑠) represents the molar enthalpy of pure liquid water at saturation at temperature 𝑇. We 
applied the linear model (LM), Eq. (12) and (13), to calculate the mixture enthalpy over nine 
temperataures from 290 K to 335 K, 13 different pressures from 75 bar - 195 bar and 4 different 

compositions (xCO2 = 0.006, 0.008, 0.01, 0.015) inside the window of operation and compared 

them to NIST REFPROP calculations. Figure 8 shows that the AARD% for the linear model 
(Eq. (12) and (13)) against REFPROP calculations vary from 0.87% to 1.76% as the carbon 
dioxide mole fraction increases from 0.006 to 0.015. We also considered the case of pure 
water versus REFPROP and found that the AARD% is small (< 2%) suggesting that the mixture 
enthalpy of the dilute CO2-in-water mixture can be reasonably represented by the enthalpy of 
pure water. 
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Figure 8. AARD% for the linear model (LM) versus REFPROP results for dilute CO2-in-
water mixtures. AARD% for pure water is also included. 

 
Enthalpy of Dilute Water-in-CO2 Mixture 
 

The enthalpy of dilute water-in-CO2 mixture can be represented by the following analytical 
linear model: 

 21 1 1(1 )h x h x H


= + −   (14) 

 1

1

2

( , )
( , ) *

(298, )

c

c

h T P
H T P

h P




=  , [J/mol] (15) 

 12652.397 =  and  
1
(298, ) 11,694ch P =   [J/mol] (16) 

 
We applied the linear model (LM), Eqs. (14)-(16) to estimate the mixture enthalpy of dilute 
water-in-CO2 mixture at 11 temperatures from 290 K to 335 K, 13 pressures from 75 bar to 

195 bar within the window of operation at four different compositions (x1= 0.9978, 0.998, 0.999, 

0.9995) and found that the proposed linear model (Eq. (14)-(16)) is able to represent the 
REFPROP results very well with overall AARD% ranging from 0.23% to 0.04% (refer to Figure 
9 below).  
 

 
Figure 9. AARD% for the linear model (LM) versus REFPROP results for dilute water-in-
CO2 mixtures. AARD% for pure water is also included. 
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CORRELATIONS FOR CO2+WATER VLE PHASE BOUNDARIES 

As discussed earlier, we have successfully developed a thermodynamic model that accurately 
predicts the VLE of CO2+water at any temperature and pressure within the operating window: 

290 K < T < 340 K and 70 bar < P < 200 bar (see Figure 5). Although the VLE − model can 

be implemented in a CFD simulation when the phase compositions (CO2 mole fractions) at 
given temperature and pressure are needed, these expressions are computationally expensive 
to compute on the fly. To ensure computational efficiency and speed, we have computed the 
CO2+water vapor-liquid phase compositions in 290 K < T < 340 K and 70 bar < P < 200 bar, 
and correlated them against temperature and pressure. For the case of the dilute CO2-in-water 

phase, the CO2 mole fraction x1 is represented by 

 
2

1 1 1 1( )* ( )* ( )x b T P c T P d T= + +   (17) 

 

where b1, c1 and d1 are temperature dependent coefficients. Similarly for the dilute water-in-

CO2 phase, the CO2 mole fraction y1 

 
3 2

1 2 2 2 2( )* ( )* ( )* ( )y a T P b T P c T P d T= + + +   (18) 

 

Here, a2, b2, c2 and d2 are temperature dependent coefficients. These coefficients are 

represented as polynomials and are obtained by comparing them to − model calculations. 

We found that the correlations Eq. (17) and (18) are able to accurately reproduce the phase 
compositions predicted by the VLE thermodynamic model.  
 
Comparison of these two calculations for temperature and pressure inside the operating 
window shows AARD% of 0.92% and 0.009% for the dilute CO2-in-water and water-in-CO2 
phase boundaries, respectively. Figure 10 shows representative comparison of the phase 
boundary calculated from using the correlations and the VLE thermodynamic model along with 
experimental data. It is clearly seen that the correlations are able to represent the compositions 
of the VLE phase boundaries accurately and they can be implemented in CFD computational 
tools for turbomachinery simulations without large cost overheads. 
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Figure 10. P-x-y phase diagram for CO2+water mixture at 298 K and 323 K. Black circles 
represent prediction of the phase boundaries using the correlations. Solid curves 

represent predictions from the thermodynamic VLE −  model. Open symbols represent 

experimental data [11-15,19-23]. 
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CONCLUDING REMARKS 

Thermodynamic models with quantitative accuracy to identify and predict the vapor-liquid 
phase boundary of CO2+water mixtures for the nominal operating window: 290 K < T < 340 K 
and 70 bar < P < 200 bar, have been developed for implementation in CFD modeling tools. 
Parameters for the VLE model were obtained by regressing the model to experimental data in 
this operating window. The VLE model is able to represent experimental VLE data favorably 
well, and  notably better than the predictive accuracy of RKS, PR and LKP equations of state. 
We computed the compositions of the co-existing CO2-in-water and water-in-CO2 phases as a 
function of temperature and pressure and developed analytical expressions for the phase 
compositions as a function of temperature and pressure. These correlations ensures 
computational efficiency and ease of phase equilibrium property retrieval in CFD 
turbomachinery simulations. 
 
For the temperature and pressure range considered here, CO2 and water are practically 
immiscible; the system phase separates into coexisting dilute CO2-in-water liquid mixture and 
dilute water-in-CO2 vapor mixtures. Analytical thermodynamic models that are linear in CO2 
mole fraction have been developed to estimate the density and enthalpy of these dilute 
mixtures. The parameters for these models were obtained by fitting the model against 
experimental data or NIST REFPROP data. The linear analytical models were found to 
represent the density and enthalpy of these dilute solutions very well. Our analysis further 
indicates that the density and enthalpy of these mixtures do not deviate significantly from their 
pure solvent values, hence for CFD simulations for engineering applications, it might be 
advantageous to represent the properties of dilute mixtures by the properties of the pure 
solvent for computation efficiency and speed. 
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